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Abstract

One stand-alone integrated fuel processor, which not only incorporated three reaction zones, i.e., an autothermal reformer, a high temperature
water gas shift (WGS) reactor and a low temperature WGS reactor, but also thermally coupled with embedded heat exchangers was developed
and tested at a 1 kW scale using commercial gasoline and its surrogate n-octane as a hydrogen generator for fuel cell application. Mass and heat
management was explored to obtain optimized temperature profiles for individual reaction zones and maximize hydrogen productivity by ensuring
complete reforming of hydrocarbons, resolving the trade-off between the enhanced kinetics and the undesirable thermodynamic disadvantage of
WGS reaction at high temperatures, and above all recuperating residual heat to realize higher thermal efficiency systematically. The comprehensive
effect of some important independent variables on temperature profiles, hydrogen yield and CO purification were investigated, including O,/C and
H,0/C molar ratios, fuel types and their throughput, and water allocation. A hydrogen yield of 1.5 mol-H, mol-C~! was obtained using octane as
source fuel, whereas only 1.1 mol-H, mol-C~! for commercial gasoline. Further abatement of CO under 1000 ppm was carried out in a preferential

oxidation reactor in tandem with the fuel processor. Additionally, measures on improving the fuel processor performance were put forward.

© 2006 Elsevier B.V. All rights reserved.
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1. Introduction

Hydrogen is widely perceived as an ideal energy carrier for a
clean and sustainable energy future in the world. Fuel cells are
playing a significant role on the hydrogen economy as flexible
and efficient energy conversion devices [1]. To date, it seems
more practical and promising to produce hydrogen on-site,
which could thereby avoid the formidable issues associated with
hydrogen infrastructure, transportation and storage. Recently
much research and development attention has been received for
autothermal reforming (ATR) of petroleum-based fuels to pro-
duce H; for small/medium-scale fuel cell distributed/residential
power systems or auxiliary power unit (APU) applications due
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to their high power density, existing infrastructure of transporta-
tion and extensively public acceptability, in spite of the relatively
low H; concentration in ATR system [2].

ATR, a combination of steam reforming (SR) and catalytic
partial oxidation (CPO) reactions, offers many advantages that
are not readily available in either reaction for producing hydro-
gen/syngas from the economic and technical point of view [3].
So far, approaches to establish hydrocarbon-based fuel proces-
sor were quite well-documented, from the perspective of both
thermodynamic analysis [4—-8] and dynamic investigation [9,10]
as well as system optimization and process intensification, in an
attempt to maximize hydrogen productivity through optimizing
hydrocarbon types, reforming processes, operation conditions
and catalyst/reactor designs [11-14].

In a fully integrated and efficient fuel processor, effective cat-
alysts and reforming process/processor design are two equally
indispensable, physical aspects to make it commercialized.
Without doubt, it is crucial to develop catalysts suitable for ATR
[15], sulfur scrubber, water gas shift (WGS) and preferential oxi-
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dation (PROX) although this is beyond the scope of this paper.
So far, much work was devoted to design and manufacture of
fuel processors with a variety of compactness and integration
based on different fuel processing technologies. It should be
noted that parallel to the R&D of autothermal reformer, great
achievement has been obtained for steam reformer plus exter-
nal combustor/burner because of its unique advantages [16—19].
Nevertheless, only the R&D of efficient, compact autothermal
reformer was reviewed here.

Ahmed et al. [20] proposed an annular design (not nec-
essarily cylindrical in shape) integrated reformer using either
pellet catalyst or monolithic catalyst, claiming that of the three
reforming processes, ATR was most attractive as a result of its
potential for higher energy efficiency, compactness and rapid
dynamic response compared to other processes. This reformer
was composed of several reforming zones, a sulfur removal zone
(optional), multi-stage WGS and PROX (optional) zones. It also
comprised of several cooling zones for reformate stream and
heating zones for reactants (fuel, steam and air). Extra units such
as an ignition source and a nozzle-spraying system for fuels
(diesel particularly) were also possibly included. This design
could help achieve high efficiencies by making good use of the
‘waste energy’ and decreasing heat loss from the hotspot areas,
although it was in general difficult to scale-up.

By contrast, a cylindrical reactor/radial reactor with a nomi-
nally similar configuration to the annular design discussed above
was developed by Bentley et al. so as to lower pressure drop
through catalyst beds, reduce parasitic requirements of the reac-
tor as well as increase the throughput [21]. It included four
reaction zones and a product gas collection space, placed sequen-
tially in space adjacent to each other. A flow path was provided
for directing flow of a reaction stream in diverging directions
from the 1st zone (partial oxidation) into the 2nd zone (SR),
and continuing in the same diverging directions through the 2nd
zone, followed by the 3rd (high temperature WGS) and 4th zones
(low temperature WGS).

A more concise design was GM and Toyota’s serpentine
reformer [22]. It includes a mixer/evaporator, 1-2 sections for
ATR and WGS each, 3—4 sections of PROX, and at least one sec-
tion of combustor which were arranged sequentially in space.
Similar work was carried out by Severin et al. [23]. Unfortu-
nately, this kind of configuration needs large amount of insula-
tion for processor integration.

The recently developed oxygen ion transportable membrane
(ITM) assisted ATR was more promising [24]. First of all, Nj
dilution in the hydrogen-rich stream was avoided; secondly, the
controlled supply of pure O3 into the oxygen ITM reformer could
help avoid fuel and O, premixing before the occurrence of reac-
tion, eliminating NOx emissions and N; removal downstream
otherwise; thirdly, it could help finely control temperature pro-
file so as to lower the requirement for refractory material for
both catalysts and reformers.

In all these proposed reformers, the efficacy of mass and
energy management is essential. Note that it is only a vain
attempt to study either of them unilaterally or separately tak-
ing into consideration that they are basically the two sides
of the same technology, particularly when using the reac-

tants/reformate as the heat transfer medium, i.e., recovering the
residual heat from the reformate stream by the feed streams.
However, it is not trivial to achieve an efficient thermal integra-
tion in fuel processors. Several schemes for heat recovery have
been proposed in literatures. Burch et al. [25] proposed dividing
water flow into three streams with each of them recovering the
heat from different stage of the fuel processor. Similar design
was also proposed and investigated by Doss et al. [26], how-
ever, relatively high operation pressures and temperatures were
preferred so as to enhance the exergy of the reforming streams.

Despite all the development of various reformers, detailed
work was scarce in terms of concrete reforming experiments par-
ticularly for liquid hydrocarbons such as commercial gasoline.
Most importantly, the integration of fuel processor was still very
limited. Moon et al. setup a fuel processing system, composed of
ATR, high temperature WGS (HT-WGS) and low temperature
WGS (LT-WGS) reactions, and studied their reaction behaviors,
nevertheless, all the energy needed for reaction and tempera-
ture control were provided by an external furnace [27]. Sandhu
et al. [28] in their numerical simulation of a n-decane CPO
reformer for fuel cell application took PROX into account as
well and studied the reformer performance as a function of cata-
lyst loading and inlet temperatures, nevertheless, they basically
studied individual units separately with little consideration of the
interactions among all the units. In general, in the conventional
fuel processor, extra water was directly injected/sprayed into the
WGS sections as ‘fire fighters’ to control the temperatures and
enhance the WGS reaction favorable for H, production [29]. In
this case, water inputted locally could not be used for reform-
ing section, which otherwise could help keep ATR temperature
under control and eliminate carbon formation on catalyst sur-
face. Another deficiency of the current studies was that several
operation parameters, O,/C ratio, H, O/C ratio, temperatures and
heat loss, which are interactive and interdependent with each
other inreality, were studied respectively or discretely only, quite
often resulting in biased or confused conclusions.

Therefore, with the objective of developing one stand-alone
gasoline fuel processor for fuel cell application, using current
catalyst suites as platform, an ATR gasoline fuel processor was
designed, assembled and tested. The main goal of this paper is to
study the combinatory effect of operation conditions on the ATR
behavior and to have an insight into the interactive mechanisms
between the operating parameters in order to further optimize
the catalyst performance and eventually develop a more efficient
ATR system.

2. Experimental
2.1. Experimental set-up and its schematic diagram

Fig. 1 represented the schematic diagram for the gasoline fuel
processor. The main features were that it comprised of two parts,
the reaction units and the embedded heat remove/recuperating
units between the feeds (including fuel, air and water) and the
reformate. For the reaction units, it followed the general prin-
ciples of ATR fuel processors, i.e., an ATR reactor followed
by high and low temperature WGS reactors. With an incen-
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Fig. 1. Schematic diagram for the integrated fuel processor.

tive to produce PEMFC-grade hydrogen-rich stream, an external
PROX reactor was in tandem so as to abate CO further (not
shown in Figs. 1 and 2). During the experiment, the fuel pro-
cessor was evaluated either separately or coupling with this
PROX reactor. For the heat remove/recuperating units, the feed-
ing/product channels were combined with each other to form
effective heat exchangers. Water stream was divided into three
parts after preliminary heating by the post LT-WGS reformate
stream. The first part (W) was sprayed into the mixer right ahead
of the ATR reformer after passing through the catalyst bed of
ATR (this configuration was not embodied in Fig. 1); the second
part (W;) was to condition the reformate ready for HT-WGS
before W eventually merged into the ATR zone for taking part
in the reforming reaction; the rest water (W3) was used to con-
trol the inlet temperature for LT-WGS. The fuel, either octane or
gasoline, combined with W3, was fed into the mixer upstream
of ATR, so its possibility of overheating was avoided. The air
was introduced through the outmost layer of the reformer and
eventually conducted into the ATR zone.

Mass flow
controller

Water or fuel Pumps
reservoir .

w3

Igniter

Based on the rationale above, a compact fuel processor simi-
lar to ANL’s design [30] was fabricated. Fig. 2 demonstrated the
external profile of the fuel processor and its peripherals. Clearly,
the fuel processor combined the reactor, heat exchanger and even
an igniter into one unit, forming a thermally self-sustaining sys-
tem without external heat provision. The gross dimension was
?150mm x 150 mm. In Fig. 2(a), the peripherals for the fuel
processor were shown including four pumps (one for fuel and the
other three for water) and the air feeding system. Fig. 3 showed
the detailed inside layout of the fuel processor, including the
catalyst bed locations, flow patterns, thermocouple wells for the
removable k-type thermocouples, location of the Pt filament for
lighting off. Note that it is an annular design, so nearly all the
designs are round and symmetric although not all of them were
shown out in order to make the drawing more legible. Further-
more, although the heat exchangers in this design were based on
tubing coil, it was described as modules in this figure in order
to make it easy to draw and easy to understand although not
necessarily clearly showing the distribution of the coils. There
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Fig. 2. Photos for the integrated fuel processor (b) and its peripherals (a).
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Fig. 3. Schematic diagram of the cross section of the fuel processor. () Stainless
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were special alternate routes for air and fuel near the Pt filament
in order to obtain better mixture ready for lighting off and expe-
dite the startup. Right after the lighting up, the air and fuel feeds
were switched to normal operation position.

2.2. Catalysts

Corresponding to each reaction zone in this design, appropri-
ate catalysts were either made in house or bought somewhere,
which were shown in Table 1. GH12, with CeO; modified
Ru as the main active component, was developed in house
for ATR [31]. The catalyst for HI-WGS (BMC-1), mainly
Fe304—Cr,03, was bought from Hengyang Chemical Ltd. A
commercial copper-based catalyst (B-206 bought from Sichuan
Chemical Works Group Ltd.) was used for the LT-WGS reac-
tion. Additionally, the catalyst for PROX (CO-OX-38) was
produced in house. Based on the design scale of 1kW, i.e.,
around 0.6-0.8 m>h~! hydrogen was produced, the catalyst
loading amount for ATR, HT-WGS, LT-WGS and PROX was
90, 400, 400 and 300 ml, respectively. All the catalysts could
be either reduced on-line or require no activation prior to
usage. Some other properties of the catalysts were also listed in
Table 1.

Table 1
Catalysts and their properties
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2.3. Operation procedures

2.3.1. Startup

The short Pt filament was initially electrically heated for 3 s
under a voltage of 5V and a wattage of 50 W to light-off the
feed mixture: gasoline/octane sprayed by air with an O,/C molar
ratio a little above the stoichiometry of full combustion. If the
reaction was not started, another 3 s were repeated. Liquid fuel
was supplied by pump while air was regulated by mass flow
controller. The valve (called Venting-valve later) between ATR
and HT-WGS reaction zones was kept open till the temperature
near the entrance of ATR zone reached around 800 °C. Then
the air feed was gradually decreased, accompanied by introduc-
ing water from W and W3 inlets to control the combustion
temperature under 850 °C. Finally the distribution of water was
finely adjusted through the whole reactor accompanied by O,/C
adjustment so as to get the predetermined temperatures (mea-
sured by movable thermocouples) for each stage. In order to
avoid temperature excursion, gasoline flux could be adjusted
stepwise, although the desire operation scale was around
1 kW.

2.3.2. Normal operation

When the whole system was stabilized at a desirable condi-
tion, the final Hy-rich reformate was analyzed by one HP6890
GC equipped with an active carbon column. The gas composi-
tion right after ATR, HT-WGS and LT-WGS was also analyzed
through gas suction probes downstream each reacting section.
The residual hydrocarbons besides CHy, such as Cp;. were
analyzed with one Shimadz GC-13A with a capillary column.
Throughout the whole system, CO was gradually converted to
CO,, producing extra amount of H, the yield of hydrogen (Y g, )
and energy efficiency were therefore defined as follows.

Yy, (mol/mol C)

total mole amount of H; in reformate stream

’

total mole amount of C in feed C,,H,,

low heat value of Hy produced
x 100

ffici %) =
energy efficiency (%) low heat value of fuel fed

2.3.3. Shutdown

The shutdown process, although it was only an auxiliary pro-
cedure in this work, was also very important. In order to avoid
catalyst sintering by temperature excursion, the air feed was shut
off in the first place or switched into N; stream. Meanwhile, the
gasoline/n-octane flow was stopped simultaneously or right after

Reaction zones Catalysts Developer Main components Operation conditions Loading amount (ml)
GHSV (h ™ 1) Temperature (°C)

ATR GH12 In house Ru/Ce0,/A1,03 8000 (carbonbasis)  600-800 90

HT-WGS BMC-1 Bought Fe304—Cry 03 2000 350-450 400

LT-WGS B206 Bought CuO/ZnO/Al, 03 2000 180-250 400

PROX CO-0X-38 In house Pt/Al,O3 4000 100-250 300
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air shutting-off, followed by gradually decreasing W1, W»> and
W3 in sequence until the temperature through the catalyst beds
below 300 °C.

3. Results and discussion
3.1. Startup and remarkable system characteristics

In a stand-alone fuel processing system for producing hydro-
gen, startup is critical considering that each reaction has its own
optimum operation parameters, namely temperatures, through-
put, feeding ratios and so on. The preferred temperature ranges
for ATR, HT-WGS, LT-WGS and PROX based on current
catalysts were 600-850, 350-450, 180-280 and 100-250°C,
respectively. The conventional heating up process for catalyst
beds, either by hot air [23] or electrical heater [32], was time-
consuming for practical usage particularly when dealing with
on-board system or auxiliary power units. Above all, too much
external electricity had to be consumed to reach a light-off
temperature. Currently, there primarily existed two promising
startup strategies, the parallel heating strategy and the sequen-
tial heating strategy. The latter method was used in our work.
A complete combustion reaction in gas phase then on the ATR
catalyst bed could be initiated immediately by the Pt filament,
enabling a quick startup in less than 5 min, 3.5 min for reagents
pre-feeding and 0.5 min for light-off included (see Fig. 4). It
should be noted that in order to mitigate the negative effect of
harsh temperature on the catalyst activity and durability during
startup because of the possible sintering, better reactor design
was needed. Initially, the flue gas was vented off via the Venting-
valve till the ATR catalyst bed arrived at a temperature around
700-800 °C. This operation avoided the catalysts downstream of
ATR zone were contaminated by the unconverted heavy hydro-
carbons at the beginning. However, this also made the sequential
heating up process a little longer. Fig. 4 showed that the cata-
lyst beds for WGS were only slightly above room temperature
when the temperature of the ATR bed arrived at 800 °C. As
soon as the Venting-valve was shut off, the temperature of WGS
increased sharply, and all the temperatures (the temperature of
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Fig. 4. Temperature profiles during startup.

PROX was not shown here) began to level off near their pre-
determined temperature in around 50 min, indicating the whole
system was stabilizing.

Through the whole starting-up procedure, finely tailoring the
feeding flux and their molar ratios was crucial. Fig. 5 showed a
typical set of molar ratios for O2/C and H>O/C in the operation
procedure. Just as discussed above, the initial value for O,/C
was set to 2.0, above the theoretical point 1.56 for ensuring a
full combustion reaction. 10-30 s later when the temperature of
the ATR bed reached 800 °C, O,/C molar ratio was decreased
gradually to around 0.5-0.6, accompanied by the adjustment
of the H>O/C ratio. The initial HyO/C was zero in spite of the
possible risk of carbon formation on the ATR catalyst bed at low
temperatures. Then water was introduced from W inlet to keep
the ATR temperature under control and tailor the temperature
of HT-WGS simultaneously. Finally water streams through the
three inlets were allocated to control the temperatures for all
zones.

A fuel processor was a complex system. There were numer-
ous reactions that could possibly happen although only four of
them were independent. For the ATR alone, the possible reac-
tions were as follows [33]:

CgHig 4+ 12.5(07 +3.76Ny) — 8CO, +9H,0 + 47N, (1)
CgHig + 8(0O3 +3.76N) — 8CO, +9H; + 30.08N» 2)
CgHig +4(02 +3.76N;) — 8CO + 9H, + 15.04N; 3)

CgHig +3.5H,0 — 1.75C0O;, + 6.25CHy4 “4)
CgHg + 16H,O — 8CO;, +25H,» 5)
CgH 3 +8H,O — 8CO + 17H; (6)
CgH3+8C0O; — 16CO + 9H; 7
CHy +2H,0 — CO;, +4H, ®)
CH4 + H,O — CO + 3H, ©)]
CO + HO — CO,+Hj; (10)
2.5 e
—=—0,/C
—o—W, /C

o 20pee W, /C

c —v—W,/C

]

B 15

il

Q -

o]

r 1.0 \,_\

°

E v

2 o0s 74 "

O /\.

0.0 " T a T
0 1 4 5

Time on stream, min

Fig. 5. Typical molar ratios for O,/C, H,O/C and water allocation in the oper-
ation procedure.
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CO + 3H; - CH4+H,0 (11)
CO, +4H; — CHy4 +2H;0 (12)

Although only complete combustion (Eq. (1)) was expected
initially in an air-excess atmosphere, nearly all the reactions
could actually happen due to the low temperature during startup.
When a steady condition was reached at around 800 °C, ATR,
CPO (Eq. (2)) and SR (Egs. (5) and (6)) were predominant while
the WGS (Eq. (10)) or methanation (Eqgs. (11) and (12)) reac-
tions could be either ignored or their reverse reactions were
pronounced. In HT-WGS and LT-WGS zones, only WGS reac-
tion would primarily take place to abate the CO level below
0.5-1%. CO would further be eliminated to below 1000 ppm
by PROX in this work, albeit the ultimate goal was to reach
PEMFC-grade H; stream. Fig. 6(a) showed a set of concentra-
tion profiles for H; and CO along with time on stream in a typical
starting-up process. The startup procedure could arbitrarily be
divided into three phases. In Section I (from startup to 1.5h),
ATR stage was stabilizing while WGS zones (including HT and
LT ones) were not functional yet in terms of temperature, so CO
produced by ATR could not fully be converted into CO, and
produce extra hydrogen, which led to the relatively high CO and
low H» concentrations in the stream, i.e., 9-2 and 33-35 mol%,

respectively. In Section IT (from 1.5 to 4 h), the whole processor
(including ATR and WGS zones) was tending to be stabilized
with CO and H; concentrations around 1 and 38 mol%, respec-
tively. In Section III right after 4 h, air was introduced into the
PROX reactor so as to initiate the CO selective reaction and
suppress CO concentration to below 1000 ppm, 944-962 ppm
in this work for instance.

Once the whole system was approaching to stabilization, the
performance of each reaction zone was explored by the con-
centration checkup from the gas suction probe right after each
reaction zone. As shown in Fig. 6(b), at ATR section where
operation temperature was generally as high as 600-800 °C, n-
octane was fully reformed into CO, CO; and H» although small
amount of short-chain hydrocarbon, primarily CH4 could still
remain in stream. Because the reaction temperature was so high,
all reactions were presumed to approach their equilibria, where
Eq. (6) mainly took place to produce CO rather than Eq. (5). At
HT-WGS zone, only the expected reaction of WGS was believed
to happen. CO could be massively suppressed from above 4.5
to 1.5 mol% by making good use of the high WGS reaction rate
at high temperature, with a hydrogen concentration increasing
from around 34 to 37 mol%. CO conversion in LT-WGS zone
was relatively limited compared with HT-WGS zone, neverthe-
less, a desirable CO level could be achieved at low temperatures
with a concentration of hydrogen and CO around 38-39 and
1%, respectively. The PROX zone preliminarily purified the
CO level below 1000 ppm, 944 ppm for example, however, the
concentration of hydrogen suffered a lot because of the par-
asitic consumption as well as nitrogen dilution. Therefore, it
was essential to promote CO selective oxidation reaction with
as little parasitic hydrogen consumption as possible. It seemed
that methods such as designing multi-stage PROX reactors [34],
developing steam-resistant catalysts [35] for PROX were quite
helpful. Moreover, the ‘waste energy’ in practice was so mas-
sive due to the parasitic hydrogen oxidation that heat recovery
between PROX stages is indispensable for a higher thermal effi-
ciency [30].

3.2. Effect of O2/C molar ratio at different H>O/C molar
ratios

In a fuel processing system, there were essentially two inde-
pendent variables, the O,/C and H,O/C molar ratios (the oper-
ation pressure and heat loss were independent but beyond this
discussion). The reaction temperature, by contrast, is a depen-
dent variable, which was controlled/adjusted by the former two.
Nevertheless, temperature is the most important variable in
practice taking into consideration that there always exists an
optimal operation temperature point or range for the catalysts,
beyond which either the catalyst has low activity/selectivity or
is sintered/deactivated by various factors. There were two more
independent variables among the three water allocation streams
considering that temperature profiles could be finely tailored by
them, which would be discussed vide post.

Theoretical analysis in our early study showed that the opti-
mal H,O/C in the feed was around 1.5-2.0 and the corresponding
0,/C was in between 0.35 and 0.5, where a hydrogen yield
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of 1.8-2.1 mol-H, mol-C~! could be derived [31]. However, in
a real-world fuel processor, a much higher O,/C molar ratio
was required either because of the heat loss or because of
larger H>O/C molar ratio used. Note the O,/C molar ratio here
referred to the molar ratio in ATR zone only, not counting the
O, (air) input for PROX. Fig. 7 showed hydrogen yield and
ATR outlet temperature as a function of O,/C molar ratio at
various H,O/C molar ratios. It was not surprised to find the
results were of a little variation taking into consideration that,
on the one hand, there usually existed thermo-kinetic oscilla-
tory behaviors for autothermal reforming systems [36], on the
other hand, the changes of O,/C and/or H,O/C molar ratios
could result in the passive changes of temperature profile, which
in turn significantly affected reaction behavior and heat/mass
management. Therefore an optimum operation range other than
a point could possibly be identified. Statistically, the data in
this figure could be classified into two groups: the low H,O/C
(ca. 1.6-1.8) group and the high H,O/C (ca. 2.2-2.5) group.
In whichever group, the highest temperature in top ATR zone
(arbitrarily called combustion zone or combustion temperature
in this paper) was kept below 850 °C to protect the ATR cata-
lyst. When the total HoO/C was around 1.6-1.8, together with
the increase of O,/C from 0.35 to 0.5, the temperature near
the combustion zone increase sharply to form a hot spot near
ATR entrance, which was necessary for further SR reaction like
an adiabatic reactor. However, just as shown in Fig. 7(b), the
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Fig. 7. Effect of O2/C molar ratio on hydrogen yield (a) and temperature profile
(b) at different H,O/C molar ratios.

outlet temperature of ATR decreased from around 650-400 °C,
which suggested an enlarged temperature drop through the ATR
catalyst bed at higher O»/C molar ratios. The massive temper-
ature gradient through ATR catalyst bed had both advantages
and disadvantages. On the one hand, it was a good indica-
tion that SR, a strongly endothermic reaction which was the
main contributor to hydrogen production, took place exten-
sively downstream of the hotspot. Thus the total hydrogen yield
increased due to the increased conversion of hydrocarbon along
with O,/C increasing. Further increase of O/C might enhance
the hydrogen productivity in principle when H,O/C=1.6-1.8
by deeply reforming the residual short-chain hydrocarbons,
however, the maximum allowable temperature near ‘hotspot’,
which had already reached around 850 °C when O,/C=0.53,
was constrained by the possible catalyst sintering and even reac-
tor collapsing. On the other hand, it was always a great goal
for researchers to operate the ATR reaction with an evenly dis-
tributed temperature profile through the catalyst bed, which was
also the ultimate objective of ATR reaction by carrying out both
CPO and SR on one catalyst bed although not necessarily on the
same active sites. In practice, the significant temperature gra-
dient could never be avoided in that it was not easy to couple
compactly the strong exothermic reaction and endothermic reac-
tion thanks to the significant difference of reaction time scales,
although GH12, a noble metal-based catalyst, had good activity
for both CPO and SR [2,37]. As aresult, from the catalyst config-
uration point of view, wall-mounted catalyst such as monolithic
or microchannel catalyst was more promising [38,39]; from the
reactor design point of view, reformer with multiple oxygen (air)
inlets showed potential for resolving this dilemma, and reactors
with embedded oxygen ITM to control oxygen feeding should
be resorted to eventually.

When H,O/C molar ratios were around 2.2-2.5, higher O,/C
ratios had to be used in order to get similar operation temper-
atures to HyO/C=1.6-1.8, namely combustion reaction tem-
perature around 800-850 °C and ATR catalyst outlet tempera-
ture around 400-600 °C (Fig. 7(b)), indicating a more energy-
intensive process. This was due to the fact that more heat was
used to preheat and evaporate the excess water to a desired
temperature. Furthermore, deep reforming of short-chain hydro-
carbons, as a strong endothermic reaction, could be strongly
promoted with the existence of more steam produced at higher
0,/C in addition to the already increased H,O/C in the feed.
However, there existed a trade-off as well. On the one hand,
hydrogen yield was indeed increasing because both hydrogen
extraction from hydrocarbons and WGS reaction were enhanced
by excess amount of steam; on the other hand, the maxi-
mum hydrogen productivity was greatly compromised due to
the increased fuel consumption by oxidation reaction. Even
worse, the hydrogen concentration was heavily diluted by N»,
which would finally devastate the operation of the fuel cell
if applicable. At HyO/C =2.2-2.5, hydrogen yield reached its
acme, around 1.4 mol-H, mol-C~! for octane at O,/C=0.65.
Further increasing oxygen flux could only result in hydrogen
yield loss (Fig. 7(a)). Meanwhile, it was reasonable to presume
there existed an optimum hydrogen yield for the scenario of
H>O/C =1.6-1.8 provided better refractory materials were used
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although the peak hydrogen production was shifted towards
lower O»/C molar ratios. It should be mentioned that the maxi-
mum hydrogen production for both cases were all far below the
maximum possible value in theory because of the heat loss of
the whole system which would be discussed below.

3.3. Effect of water distributions

Just as described above, fuels were always introduced from
W3 inlet to avoid decomposition prior to mixing with O, and
steam. Air was always fed through the external channel around
the whole fuel processor to minimize heat loss from the system
as a special insulation layer. In this case, the temperature profile
and reaction extensiveness were mainly tailored by water dis-
tributions through the fuel processor, and vice versa. In another
word, water allocation played a great role on controlling temper-
atures for all zones particularly WGS zones. Moreover, the final
convergence of the entire separate water streams was signifi-
cantly beneficial for ATR reaction application, compared with
the conventional design, in which water was sprayed right into
each section only as ‘fire fighters’.

There existed a well-known trade-off for WGS reaction: at
high temperature, reaction rates were high at a cost of low CO
conversion; at low temperature, low CO equilibrium concentra-
tion could possibly be reached however at the expense of low
CO converting rate and more catalyst usage [23]. In this fuel
processor, desired inlet temperatures for both HT-WGS and LT-
WGS were obtained by a comprehensive water management so
as to make good use of the high reaction rate in HT-WGS and
better equilibrium CO conversion in LT-WGS. It should also be
noted that water allocation could simultaneously affect the ATR
inlet temperature due to different ‘waste heat’ recovery, which
made the operation even more complicated.

The total HyO/C (around 2.0-2.1) and O,/C (ca. 0.55) molar
ratios were fixed roughly in this study. Fig. 8 demonstrated the
effect of water distribution on the hydrogen yield (a), the corre-
sponding water allocation for W and W3 (b), and temperature
profiles (c) in each zone. Likewise, the experiment result was
of a little fluctuation resulting from the fact that the change of
water allocation could cause the corresponding adjustment of
various parameters.

Along with the increase in the W, (the stream right ahead
of HT-WGS) with a W5/C ranging from 0 to 1.7, Wy (through
ATR bed) and W3 (the stream between HT-and LT-WGS) had
to correspondingly decrease to get the predetermined operation
temperatures, with W1/C and W3/C ranging from about 1.6 to
0.2 and from about 0.6 to 0.05 (Fig. 8(b)). Clearly, W and W»
not only accounted for the largest percentage of water stream
but the biggest changes as well, indicating the importance of
mass/energy management upstream of HT-WGS. With W,/C
from O to 1.0, combustion temperature as well as the ATR outlet
temperature increased a little not only because of the effective
heat recuperating from reformate, but also because of less cold
water (W) entering ATR bed which enabled a relatively higher
average temperature for ATR catalyst bed and therefore a more
complete reforming reaction of hydrocarbon to produce perma-
nent gases (Hp, CO and CO,). Meanwhile, the slightly increased
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inlet temperature for HT-WGS and the low temperature for LT-
WGS (Fig. 8(c)), also as a direct result of the increased W»/C,
could synergetically form a favorable temperature profile for
WGS reaction. Hence, hydrogen yield reached its peak value at
W,/C of 1.0 (Fig. 8(a)).

However, further increasing W5/C deadly threatened hydro-
gen production and resulted in hydrogen yield downwards. On
the one hand, the overabundant water from W, was not able
to be fully evaporated and mixed with other reactants, which
eventually devastated the ATR reaction due to the limited inlet
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(premixing) temperature. As such, locally favorable combustion
reaction and poor steam reforming accounted for the tempera-
ture shoot-up to 1000 °C when W,/C=1.7 (Fig. 8(c)). On the
other hand, unfavorable temperatures for HT-WGS and LT-WGS
were obtained when W»/C was above 1.0. The catalyst for HT-
WGS quickly lost its expected function either because of the
poor equilibrium conversion or the catalyst deactivation at high
temperatures. Meanwhile, copper-based catalysts were much
more vulnerable to high temperature atmosphere. Accordingly,
hydrogen yield sharply decreased from 1.4 to 0.6 mol-H, mol-
C~! right after W,/C =1.0. Preliminary study showed that the
optimum water distribution for Wi, W5 and W3 were around
20-30, 40-60 and 20-30%, respectively. In order to expedite an
automated and turnkey fuel processor, a comprehensive numer-
ical simulation was highly needed so as to optimize the water
distribution or establish the algorithm among all the streams.

3.4. Effect of heat loss at different processing scales

The fuel processor was operated at two scales, 100% load
(1 kW) and 80% load (0.8 kW). Fig. 9 showed the comparison
between them. It was of interest to find that all temperatures at
different stages when running the processor at a full scale (i.e.,
1 kW) were slightly higher than that when operating it at an 80%
scale (Fig. 9(a)) although the actual O,/C molar ratio for the lat-
ter was on the contrary a little bigger than the former at roughly
the same HyO/C molar ratio of 1.8 (Fig. 9(b)). The hydrogen
yield for the full-scale case was around 1.6 mol H mol-C~!

whereas for the 80% loading case only 1.45 mol Hy mol-C ™!
Caners [40] also found that a higher flowrate of iso-octane would
increase the hydrogen output percentages, and the correspond-
ing O,/C molar ratio needed tended to become lower when he
studied the iso-octane ATR in a compact ATR gasoline reformer
for fuel cell application.

There might be several factors that accounted for this result,
among which the heat loss from the system to the surround-
ings were a most important one. Empirically, the net heat loss
by the whole system remained essentially the same in absolute
terms for different operation scales considering that the tempera-
ture difference between the system and the ambient were within
a certain range and the gross surface areas of the reactor was
kept constant. Therefore, when operating the reactor at a higher
throughput, the heat loss to the overall input energy represented a
relatively smaller percentage. This was indirectly verified by the
fact that the gross hydrogen yield and hydrogen concentration
could increase slightly when better insulation was applied for
preventing heat loss. This reforming scale-reliant phenomenon
for system efficiency was also discussed by Lee et al. [32] in
their studies of natural gas reforming in an integrated fuel pro-
cessor and in Argonne National Laboratory’s 4kW reformer
[41].

3.5. Preliminary reforming on commercial gasoline

The ultimate goal of a fuel processor was to use commercial
gasoline as the source fuel. However, the additives in commer-
cial gasoline profoundly affect the performance of ATR cata-
lysts let alone the existence of sulfur compounds, which could
strongly inhibit or poison the current ATR catalysts, including
precious metal-based catalysts. The existence of sulfur could
further affect the downstream catalysts and corrode the reactors.
Furthermore, in a fully integrated fuel processor, the deterio-
rated performance downstream of ATR could in turn affect the
performance of ATR from both the reaction aspect and the man-
agement of heat and mass.

In our experiment, GH12 for ATR had strong endurance to
sulfur and could convert sulfur compound into hydrogen sulfide,
whereas catalysts for HT-WGS and LT-WGS were very suscep-
tible to sulfur poisoning. It was an effective way to adsorb H»S
using ZnO as a sulfur scrubber between ATR and HT-WGS
zones. Alternatively, deep sulfur removal from the source-fuel
has nowadays shown strong potential for desulfurization from
the very beginning of the fuel processing system [42].

Fig. 10 showed the performance of fuel processor using
commercial gasoline (simulated formula C73H;4580¢.1) with
~127 ppmw sulfur as the source fuel. As soon as the fuel pro-
cessor run steadily using an n-octane feeding rate of 305 mlh~!,
0,/C=0.4, HyO/C=2.0, gasoline was introduced into the fuel
processor at the identical operation conditions. It was found
that the combustion temperature would stabilize at a relatively
higher level, however, the HT-WGS temperature almost kept
unchanged while the temperature of LT-WGS slightly decreased
instead (Fig. 10(a)). The multi-fuel property of gasoline and the
existence of sulfur were presumed to account for these phe-
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nomena although there were probably many other contributing
factors. It seemed that the components with low ignition point
were prone to start the combustion reaction in both gas phase and
on the catalyst bed, which led to the higher combustion tempera-
ture. Meanwhile, the slow reforming reaction for hydrocarbons
like aromatics with strong w-chemical bonds led to a smaller
temperature gradient in ATR zone. In contrast, the HT-WGS
reaction changed very little in our experiment, whereas copper-
based catalyst for LT-WGS basically lost their activity instantly
because of the trace amount of sulfur (ca. 1-5 ppmw hydrogen
sulfide in stream after reaction), therefore the temperature for
them either almost kept stable or slightly decreased.

Table 2 showed the comparison of 1 kW fuel processor in this
work (based on both n-octane and gasoline) with a DOE 4 kW
fuel processor [41]. Only a ~1.1 mol-H, mol-C~! for gaso-
line and ~1.5 mol-H, mol-C~! for octane could be achieved
at an O,/C molar ratio of 0.45, although a theoretical analysis
showed that maximum hydrogen yield for gasoline and n-octane
were 1.8 and 2.2 mol-H, mol-C~ !, respectively, at a O,/C molar
ratio of 0.38. Therefore, it seemed that the hydrogen yield dif-
ference between gasoline and octane was quite similar to the
theoretical difference, all around 0.4-0.5 mol-H, mol-C~1. As
a result, it was reasonable to believe the hydrogen yield dif-
ference between commercial gasoline and octane was mainly
resulted from the source fuels. Table 2 also showed that a Hy
concentration of 32-34 mol% and a gross energy efficiency of

Table 2
A comparison of 1 kW fuel processor in this work with a 4 kW fuel processor
in literatures

Scales? 1kW 4kW
Fuels Octane Commercial Synthesized
gasoline hydrocarbons

Reformate (mol%)

H; 37-38 32-34 ~40
co 0.6-1.2 0.6-1.5 ~2
H, yield (mol mol-C~ 1) 1522 1.1(1.8 -
maximum) maximum)
Efficiency (%) 68-70 62-65 75
Power density (kW1~!) 04 0.3 0.57

2 Without CO PROX.

62—65% were obtained for gasoline, whereas a Hy concentra-
tion of 37-38 mol% and an energy efficiency of 68—70% for its
substitute octane. This result was only slightly below the level of
DOE’s reformer in terms of hydrogen concentration and energy
efficiency. It should be mentioned that the power densities were
very small, only around 0.3-0.4kW1~! for this fuel proces-
sor and 0.57kW 1~! for the ANL’s. To substantially improve
the power density, more efficient WGS catalysts, particularly
medium-temperature WGS catalysts were highly needed [43]
considering that the volume ratio between WGS catalysts and
ATR ones was more than 6 in the current fuel processors.

4. Conclusions

One conceptual integrated fuel processor was designed, setup
and run for about 85 h ata 1 kW scale. It could startup in less than
5 min and be stabilized in around 50 min for the whole system.
By adjusting the O,/C, H,O/C molar ratios and water distribu-
tion synergistically, optimized temperature bands for reaction
zones (including ATR, HT- and LT-WGS) were achieved, and a
hydrogen yield of 1.5 mol-H, mol-C~! for n-octane and 1.1 mol-
H, mol-C~! for gasoline was obtained, with corresponding
hydrogen concentration of 37-39 and 32—34 mol%, respectively.
However, the hydrogen yield was far below the theoretical value
because of the heat loss, particularly at a lower operation scale.
With an incentive to produce PEMFC-grade hydrogen, CO was
further abated below 1000 ppm by an external PROX in tandem
with the fuel processor.

Further studies are highly needed, such as the modification
of both catalyst and reformer configurations, taking the thermal
conduction into consideration throughout the fuel processor and
better management of mass and heat. In addition, a comprehen-
sive numerical simulation will conduce to better understanding
the complex interactions among all the parameters and be crucial
for future design. Once the key components are implemented,
the system currently at a proof-of-concept stage will be ready
for transition to a pilot-scale apparatus.
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